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Cost-efficient desalination technology was developed successfully by integrating a
countercurrent cascade of the novel cross-flow direct contact membrane distillation
(DCMD) devices and solid polymeric hollow fiber-based heat exchange devices. Simu-
lations have been carried out for the whole DCMD cascade to project values of gained
output ratio (GOR) as a function of the number of DCMD stages as well as other im-
portant factors in the cascade vis-a-vis the temperatures and flow rates of the incom-
ing hot brine and cold distillate streams. The simulation results were verified with ex-
perimental results from cascades consisting of two to eight stages. The numerical sim-
ulator predicts a GOR of 12 when unequal flow rates of the incoming brine and
distillate streams are used. An artificial sea water was concentrated eight times suc-
cessfully when a countercurrent cascade composed of four stages of the DCMD
modules and a heat exchanger was used during the DCMD process. © 2010 American
Institute of Chemical Engineers AIChE J, 57: 1780-1795, 2011
Keywords: separation techniques, microporous membrane separations, evaporation,

Otto H. York Dept. of Chemical, Biological and Pharmaceutical Engineering, Center for Membrane Technologies,

fibers, diffusion

Introduction

In direct contact membrane distillation (DCMD) pro-
cess,"* hot brine flows at atmospheric pressure on one side
of a porous hydrophobic membrane and cold distillate flows
on the other side of the membrane. Water vapor evaporated
from the hot brine at the brine-membrane pore interface dif-
fuses through the pores and is condensed at the pore-distil-
late interface on the other side of the membrane at a lower
temperature. The water vapor pressure and, thus, the trans-
membrane flux increases exponentially with increasing tem-
perature, while these are weak functions of salt concentra-
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tion. Therefore, this thermal technique is relatively free from
flux reduction by concentrating feed, which is inevitable in
the reverse osmosis (RO)-based process. Consequently, the
DCMD process is an appropriate alternative for achieving
high water recovery from brackish/sea water feeds, manag-
ing the concentrate from desalination processes including
RO, desalination in inland areas, and recovering water from
industrial brines.’

We have recently developed a highly efficient hollow fiber
cross-flow module for the DCMD process.* In a series of
experiments with a single cross-flow DCMD module, it was
shown to produce water vapor fluxes as high as 79 kg/(m* h)
at the top feed temperature of 90°C.>” This is due to the fact
that the cross-flow arrangement of membrane fibers in a
DCMD module reduces temperature polarization and thereby
promotes both heat and mass transfer. In addition to the
arrangement of brine flow vis-a-vis the hollow fibers arrange-
ment, the novel highly porous fluorosilicone coating on porous
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Figure 1. Countercurrent DCMD with heat recovery heat exchanger.
[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]

polypropylene (PP) hollow fiber-based membranes showed
strong resistance to scaling of CaCO3 and CaS0,.5 10

Although the principles of DMCD allow the process to be
operated with waste heat such as low-grade steam, energetic
optimization by heat recovery can extend the applicability of
the process to the region where the waste heat is limited by
quantity or no waste heat is available. Consideration on opti-
mal heat recovery is also important when additional heat
input is used to increase production with minimal impact on
capital expenditure (CAPEX). Figure 1 illustrates the simpli-
fied process scheme of a countercurrent DCMD module inte-
grated with a heat exchanger for energy recovery. The ther-
mal energy carried by the distillate stream exiting the
DCMD unit(s) is recovered to the feed brine. The feed, then,
is heated up by an additional heat source to the top tempera-
ture, Ty, ;. The heat duty of the additional heat source is pro-
portional to the difference between the top feed temperature
and the feed temperature exiting the heat exchanger, Ty ;,
Tyuxo- This temperature difference can be broken up into
two contributions: ATeq = Tp; — Tao and ATyx = Tqo —
Tvuxo In a countercurrent mode of operation, those two
terms, AT.,q and ATyx, are dictated by the performance of
the DCMD units and that of the heat exchanger, respec-
tively. For example, the maximum heat recovery is achieved
when Ty, is as close as possible to Ty,; when the temperature
difference across the heat exchanger is fixed (Figure 2). Note
that AT, is governed by the effective surface area of the
given DCMD modules, which implies larger number of units
in a cascade to obtain smaller AT,.,q. Also, note that AT,,q is
proportional to the driving force for the flux at the end of
DMCD units, which implies that increasing the number of
units decreases the average flux of entire DCMD units. There-
fore, DCMD process development requires consideration of
the trade-off among the heat duty, membrane flux, and surface
area. Such general observations on the role of heat recovery in
a DCMD process can be found in the literature.''~"

To realize such a countercurrent mode with cross-flow
DCMD modules, a cascade arrangement integrated with heat
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exchanger must be studied. For such a system, Gilron et al.?
considered the trade-off between the CAPEX, which is pro-
portional to the membrane and the heat exchanger areas and
the operating expenditure (OPEX) associated with the feed
top temperature and heat duty. They presented a simplified
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Figure 2. Scheme for using cross-flow DCMD modules
to obtain a countercurrent cascade.
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design method to determine the cost and performance of a
cascade of cross-flow DCMD model-based process consider-
ing heat recovery.

This work is focused on experimentally studying a coun-
tercurrent cascade of cross-flow DCMD membrane modules
in conjunction with a heat recovery heat exchanger. Experi-
ments involved cascades with different stages at different
temperatures. Simultaneously, a detailed simulation program
has been developed to describe the observed behavior. The
experiments have been carried out primarily with tap water
as the brine. Model simulations to describe these experimen-
tal results have therefore used vapor pressure of pure water.
Experiments have also been carried out using artificial sea
water containing scaling salts such as CaSO, and CaCOg;
the system performance was explored when such a sea water
was concentrated as much as eight times. Modeling of the

'V'A v
GOR = my - AH -

DCMD devices required an estimation of the effective water
vapor mass transfer coefficient k,,. This was also developed
in experiments using small temperature differences between
the hot brine and the colder distillate. In addition, simula-
tions have been carried out for the whole DCMD cascade to
project values of gained output ratio (GOR) as a function of
the number of DCMD stages as well as other important fac-
tors in the cascade vis-a-vis the temperatures and flow rates
of the incoming hot brine and the cold distillate streams.

Modeling of DCMD Cascade and Heat Recovery

Extension of modeling results is used to obtain the GOR as a
function of the number of modules in a cascade, which together
project the economics of the process. The GOR is a dimension-
less number and defined as a ratio of the equivalent heat of pro-
duced water and the amount of heat supplied as follows:

R-AH,

titgi - Cp - (Toi — Tox.0)
i - Hyj — ito - Hy
titgi - Cp - (Toi — Toux0)

Cp . (ATend + ATHx)

_ 1’]~rhbi 'Cp . (Tbi _To) +mbi 'Ho _mbo 'Cp . (Tbo _To) _mbo 'Ho
titwi - Cp - (Toi — Toux,0)
_ }1.mbi'cp'Tbi — 1t + Cp + Tyo + Hitgi - Hy — 1ty - Ho + 1itpo - Cp - Ty — i Cp - T
tigi - Cp - (Toi — Tox.0)
~ mb‘,i . Cp : Tb,i - mb,o : Cp . Tb,o ~ ATcascade o Tb,i - Tb,o
=~y =~ n- : (1)
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where

- ATeng + ATux

Tvi — Toax0

ATcascade = Tb,i - Tb,o (2)

ATeng = Tvi — Tao 3)

ATpemp = (Toi — Tao)pemp )

ATux = Tao — Toux0 (5)

Fractional recovery = R = ’Z:—V; fractional recovery% = R x 100% 6)
b,i

heat transfered from hot brine to cold distillate by mass transfer o

n=

All calculations for GOR via Eq. 1 use only the first two
relations in line 1 of Eq. 1; the relation in line 3 of Eq. 1
assumes that the reference state specific enthalpies of the
brine inlet stream and the brine exit stream are identical. If
we now assume that 7, < n,; (i.e., the fractional recovery
per pass is very small around 0.02-0.06), then the first rela-
tion in line 5 follows from that in line 4; the same assump-
tion leads to the last two relations in line 5. Our ultimate
objective is to arrive at these last two relations because they
are very useful approximations for illustrative discussion
valid for i, < n,;, which is valid for all desalination stud-
ies conducted here. More importantly, this allows making
explicit the connection between the brine-side temperature
drop and the GOR, which is important in appreciating the
results of cascade simulations.
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total heat transferred from hot brine to cold distillate

Simulation of a DCMD Module

A DCMD cascade simulation program was developed based
on a single DCMD module program described in Ref. °. We
briefly summarize the model of the single DCMD module
here. The mathematical model simulates the DCMD process
in a single membrane module, where the hollow fiber mem-
branes are all identical and present in a staggered arrangement
(Figure 3). In each DCMD module, the brine flows on the
shell side perpendicular to the hollow fiber axis; the distillate
flows in the fiber lumen. When each stream enters a module,
it is at a uniform temperature and is evenly distributed. No
mixing of the brine is assumed between the fibers and the
fiber layers in a DCMD module. Because of the heat and
mass transfer through the membrane wall, the hot brine
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Figure 3. Setup for simulation of cross-flow DCMD module operation.
[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]

flowing through the outside of fibers gets colder as it proceeds
to the last layer of fibers, whereas the temperature of the cold
distillate increases as it runs through the fibers. The vapor flux
through the porous membrane is assumed to be proportional
to vapor pressure difference between the brine and the distil-
late on two sides of the membrane wall.

In this model,® the heat fluxes with respect to the tube side
membrane surface area in the jth fiber layer at location x
along the fiber for the brine and distillate sides are given by:

1 <dQ<x>

A\ )]‘_ haAra(Tam(x) — Ta(x)); distillate side (8)

é (‘1;‘)); oAw(To(x) — Tym(x);,  brine side.  (9)

The shell-side film heat transfer coefficient is taken from
the Zukauskas correlation,'* which was found to hold for
cross flow on the shell side of membrane distillation units
operated in vacuum mode.” The tube-side film heat transfer
coefficient is the asymptotic value of the Nusselt number for
fully developed thermal boundary layer. In hollow fiber heat
exchangers, it has been shown to better approximate the
actual heat transfer coefficient than the Seider-Tate correla-
tion'” and is also supported by the simulations of Ref. 16.
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For heat transfer through the porous membrane, the total
heat flux is given by contributions from both conduction and
mass transfer-mediated enthalpy convection, which can be
defined at the fiber lumen boundary”:

1 (dQ (x)

o\ dx

) .: hmArin (Tbm,j(x) - Tdmjj(x))

+Ny, j(X)Asin (AHy (Tgm, ;) + Cp, dem,j)- (10)

The heat transfer coefficient used for the porous mem-
brane was the isostrain area average heat transfer coefficient
commonly used by many investigatorsl2’18:

han = ehamg + (1 = &) hoss. )

The distillate flux equation with respect to the log mean
area is given by:

Ny j(x) = kin(Pomj(X) — Pam,j(x)),

where k,, is the effective vapor mass transfer coefficient. As
those experimental studies carried out for comparing to
simulations used tap water as the brine feed, we can
conveniently assume that the water vapor partial pressures
Pom,; and pgm; are essentially equal to the vapor pressures7
given by the Antoine equation, as tap water salt content was
only around 100 ppm. The mass balance and heat balances for

12)
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[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]

each layer of the module along the distillate path and along the
brine path are as given in Ref. 6.

A simulation program developed with MATLAB® to solve
the model equations described above generated results,
which were successfully verified by experiment.®” This pro-
gram was designed to produce outlet stream temperatures, a
water production rate, and various parameters of interest for
given inlet stream temperatures, inlet flow rates, and a value
of k. In the next section, we will describe the development
of the DCMD cascade simulation program by extending this
simulation of a single DCMD module.

Simulation of a Cascade of Cross-Flow
DCMD Modules

The extension of the above program to the multistage DCMD
cascade was implemented using the single DCMD simulation
program as a subfunction of the cascade simulation program.
This hierarchical type of programing is convenient to explore
many cases of DCMD module arrangements in a cascade,
because it is not necessary to develop separate codes for differ-

Table 1. Characteristics of DCMD Modules Used in DCMD
Cascade Experiments

Membrane Modules #26-33*

Fiber O.D. (um) 630
Fiber I.D. (um) 330
Membrane porosity 0.60
No. of fibers 26 x 29 =754
Effective fiber length (cm) 6.4
Effective internal membrane

surface area’ (cm?) 500
Effective cross-sectional area

for shell side liquid flow® (cm?) 431

*Supplied by Applied Membrane Technologies, Minnetonka, MN.

Based on fiber internal diameter (I.D.).

“Based on open area for flow = frame cross-sectional area — No. of fibers in
a layer x fiber O.D. x length of fiber.
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ent arrangements. The cascade simulation program calls the sin-
gle-module DCMD simulator as a subfunction with input pa-
rameters such as inlet temperatures and flow rates of the brine
and the distillate to calculate outlet temperatures and the produc-
tion rate through a certain single module. Then, those calcula-
tion results of the single module were used as inputs for the cal-
culation for the next stage. In other words, it assumes that the
exit streams of the brine and the distillate from one stage are
each completely mixed before each is introduced into the next
stage of the DCMD module. Therefore, all assumptions used for
developing the model of a single DCMD module still hold for
the cascade simulation. As described in Figure 4 for the case of
a four-stage cascade simulation, the iteration of calculation
starts with the intermediate-stage temperatures of the distillate
set to the distillate inlet temperature. After the calculation from
the first stage to the last stage of the cascade with such an initial
guess value, it produces a new set of intermediate temperatures
of the distillate. Iterative calculation proceeds until these calcu-
lated intermediate temperatures and the used intermediate tem-
peratures are close enough to satisfy the convergence criteria.
The convergence of the numerical solutions was determined
with a precision of 10 °°C. The simulation code that realizes
such numerical algorithm was developed with the script pro-
graming language of MATLAB®.

Table 2. Characteristics of Heat Exchangers Used in DCMD
Cascade Experiments

Polymeric Solid Hollow

Fiber Heat Exchangers HX1* HX2%*
Fiber O.D. (mm) 575 570
Fiber I.D. (mm) 425 430
No. of fibers 200 12,100
Effective fiber length (cm) 21.5 24
Effective fiber surface area’ (sz) 574 39,230

*Supplied by Membrana, Charlotte, NC.
Based on fiber internal diameter (I.D.).

July 2011 Vol. 57, No. 7 AIChE Journal
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Experimental Study of DCMD Cascade and Heat
Recovery

Membranes, modules, and heat exchangers

Each cross-flow rectangular hollow fiber membrane mod-
ule had 12 fibers/layer and 13 layers of hollow fibers. In this
membrane module, PP hollow fiber membranes (MEM-
BRANA, Wuppertal, Germany) coated on the O.D. with pro-
prietary recipes by plasma polymerization at Applied Mem-
brane Technology (AMT, Minnetonka, MN) were potted in a
staggered manner; the coating was also quite porous. The
physical properties and characteristic dimensions of the hol-
low fiber membranes and membrane modules as picture
frames are listed in Table 1. The details of the shell-side en-
trance to and exit from the rectangular membrane modules
designed and built at New Jersey institute of Technology
(NJIT) to facilitate uniform flow perpendicular to the fibers
in the rectangular module are described in Refs. 4 and 5.
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Two heat exchangers (HX1 and HX2) were obtained from
Membrana, Charlotte, NC. The heat exchangers were built
out of solid polypropylene hollow fibers. The dimensions of
these fibers and the heat exchanger characteristics are pro-
vided in Table 2.

Experimental setup

A schematic of the experimental setup is shown in Figure
5a. Tap water and deionized water were used in this setup as
the brine and the distillate, respectively. Hot brine in the
feed tank was introduced into the membrane modules by a
magnetic pump (MDX-1/2, March Mfg., Glenview, IL)
through a prefilter (5 pum, 01508-30, US Filter, Sheboygan,
WI), which removed any particles in the feed. Figure 5b
shows the change in the brine tank section of the experimen-
tal setup, when using scaling salt solutions as the brine, to
prevent fast deposition of scaling salts onto the heating coil

DOI 10.1002/aic 1785



Table 3. Composition of an Artificial Sea Water

Sodium chloride 23.96 g/l
Magnesium chloride 5.08 g/l
Sodium sulfate 3.99 g/l
Calcium chloride 1.12 g/l
Potassium chloride 0.67 g/l
Sodium bicarbonate 0.2 g/

in the brine tank shown in Figure 5a. The brine solution was
now separated from the heating coil and was heated up by
the water bath outside the brine feed tank, while the heating
coil was immersed in the outside water bath. Consequently,
a peristaltic pump (Masterflex, Cole-Parmer, Vernon Hills,
IL) took the place of the magnetic pump to pump the hot
brine into the shell side of the membrane modules. The pre-
filter cartridge was made of polypropylene with 1 um in
pore size (01512-00, Cole-Parmer, Vernon Hills, IL). The
temperature of the brine feed was controlled and maintained
by a PID temperature controller (89000-15, Cole-Parmer
Instrument, Vernon Hills, IL) connected to the heating coil
(492-6S, George Ulanet, Newark, NJ) immersed into the
feed solution in the feed brine tank. The feed flow rate was
controlled by a valve and measured by a rotameter (32250-
12 and 94788-11, Cole-Parmer, Vernon Hills, IL). After
passing through the shell sides of membrane modules in se-
ries, the brine was allowed to go through the shell side of
the heat exchanger and then returned to the feed tank for
heating and recycling.

A chiller (12 kW, CH3002A, Remcor® Product, Glendale
Heights, IL) equipped with a pump controlled the tempera-
ture of the cold distillate. As the chiller had a limitation in
dealing with high temperature, indirect temperature control
of the distillate by coupling the distillate and the cold water
from the chiller provided a wider range of choice for the dis-
tillate inlet temperatures. This was done using a separate
heat exchanger (HX_D in Figure 5a). This polymeric solid
hollow fiber-based heat exchanger was installed in a separate
flow loop between the chiller and the distillate tank. In this
way, the temperature of the distillate in the distillate tank
was controlled by manipulating the temperature setting of
the chiller and flow rate of the distillate through the heat
exchanger. The distillate tank had another flow loop incorpo-
rating the membrane modules and the heat exchanger (HX1
or HX2). A valve between the distillate tank and the lumen
side of the membrane module 4 (Figure 5a) was used to con-
trol the distillate feed flow rate measured by a digital flow
meter (S-111-8, McMillan, Georgetown, TX). The distillate
was allowed to flow through the lumen sides of the mem-
brane modules with the hot brine in cross flow on the shell
side of the membranes. The distillate passing through the
lumen side of all membrane modules was circulated back to
the distillate tank through the heat exchanger (HX1 or HX2).
This heat exchanger allowed heat recovery from the hot dis-
tillate to the cold brine from the last membrane unit.

Table 4. Effects of the Heat Transfer Surface Area of the
Heat Exchanger on Heat Recovery (T in °C)

Heat Exchanger Ty Tao  Tomxo Tapxe Tvo  Tai
HX1 80 67 49.4 59.5 41.6 339
HX2 80.1 68 65.5 48.6 4.7 377
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[Color figure can be viewed in the online issue, which is
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The inlet and outlet temperatures of the membrane module
cascade and the heat exchanger for both the brine and the
distillate were measured by thermocouples (the inlet temper-
atures of the heat exchanger were assumed to be equal to
the outlet temperatures of the membrane modules at the last
stage). As these DCMD experiments had both heat transfer
and mass transfer, all piping and the prefilter were insulated
to drastically reduce heat loss to the surrounding. The pres-
sure drops of the brine feed and the distillate through the
membrane modules were also monitored. The distillate pro-
duction rate was measured by collecting the overflow from
the distillate tank. An electronic balance (ACB-plus 1500,
Adam, UK) was used here to measure continuously the accu-
mulated distillate and thus the water vapor production rate.
The distillate conductivity was measured by a conductivity
meter (Orion 115A+, Thermo Electron, Waltham, MA) to
monitor for possible leaks across the membrane module or
the heat exchanger.

Experimental procedure for feed brine containing
scaling salts

The scaling salt-containing experiments were conducted
with an artificial sea water. The composition of the artificial
sea water included major ions in sea water, such as Na™,
Mg”, K, Ca”, Cl, SO?{, and HCO;3. The specific data
are listed in Table 3. The feed solution of artificial sea
water was prepared as follows: NaCl, MgCl,, CaCl,, and
KCI were dissolved together in tap water; Na,SO, and
NaHCO; were prepared together in tap water. Before the
two solutions were mixed in the brine tank, each was stirred
sufficiently to make sure each chemical was dissolved.

The concentration times of the artificial sea water was cal-
culated by the ratio of original feed volume to the difference
between the original feed volume and the overall volume of

July 2011 Vol. 57, No. 7 AIChE Journal
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distillate produced during the DCMD process. Other parame-
ters tested include the pH value and the calcium ion concen-
tration in the brine solution, as described in Refs. 8—10.

The scaling potential of CaSO4 or CaCOj in the artificial
sea water was evaluated via the saturation index (SI), which
is defined for a salt of formula M, X,  as follows?’:

) b v y— v
o aa _MTX (e
Kgp Ksp

Ksp = Mg (X5 - (13)

V+/7.eq

Once calcium sulfate or calcium carbonate precipitation
had occurred, it was then possible to determine if such pre-
cipitation had any effect on the performance of the DCMD
module vis-a-vis the water vapor flux, distillate contamina-
tion, and pressure drop.

Experimental Results and Discussion
Effects of heat exchanger on the heat recovery

Table 4 compares the steady-state temperatures when different
heat exchangers (Table 2) were used for heat recovery. Here, four
membrane units were put in a countercurrent cascade, and the hot
brine and the cold distillate were introduced at 0.5 1/min. A steady
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state was assumed if there were no apparent changes in tempera-
tures for more than 30 min. Although very similar temperatures
of brine inlet (80°C) and distillate inlet (34 or 38°C) for both
experiments resulted in apparently close brine temperatures at the
exit from four DCMD stages (T},,), the brine exiting from the
heat exchanger had a much higher temperature (7 yx,) When it
recovered energy through the larger heat exchanger HX2; this
illustrates higher heat recovery with a higher heat exchanger area.

Figure 6 illustrates the rate of heat recovery by the brine
from the distillate stream exiting the DCMD cascade, when
using two different heat exchangers, as a function of the dis-
tillate inlet temperature for a fixed total membrane area
(2000 cm? = 500 cm?/stage x 4 stages) and a fixed brine
inlet temperature (80°C). As expected, it shows that the
larger surface area of the heat exchanger, HX2, allowed
higher energy recovery from the distillate so that over 70%
of the energy required for evaporation was recovered.

As shown in Figure 7a, the thermal efficiency of the mem-
brane modules varied between 0.73 and 0.87 over the range of
the experimental conditions studied. These high values show the
improved thermal efficiency achieved by a countercurrent cas-
cade compared to that when a single module was exposed to a
much higher temperature gradient.4 The GOR, shown in Figure
7b, reached a value of about 4.1 for eight DCMD modules in a
cascade, a brine inlet temperature of 90°C, and equal inlet flow
rates of the brine and the distillate (=0.5 1/min). There are two
reasons for a lower GOR: equal flow rates of brine and distillate
as we will see in the Section entitled “Maximizing GOR with
operating parameters” and possible heat loss to the surrounding
especially in the heat exchanger. Without the heat recovery,
GOR cannot be more than 1. The temperature difference
between Ty, and Ty px, varied between 3 and 7°C. A higher
GOR is expected when the heat exchanger(s) reduces the value
of Ty, — T px.o- Therefore, focusing on the achievement of an
energy-efficient DCMD process, the simulation study has been
conducted assuming that T4, — Tpux o 18 2°C.

Experimental Verification of the DCMD Cascade
Model Predictions

In the simulation study, our goal was to find operating con-
ditions of the DCMD process such as the number of stages in
a cascade, inlet temperatures, flow rates, etc. to achieve higher
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o | a ’ 5
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2 ! X 0D x@x %
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50 60 70 80 90

To., °C

Figure 8. Experimental and modeling results for a two-
stage cascade DCMD process with T,; — Ty,
= 7-10°C and equal flow rates of the brine
and the distillate (=0.5 I/min).

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]
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Figure 9. Comparison of outlet temperatures and pro-
duction rates between modeling and experi-
mental results for cascades (from two to eight
stages) with T, ; = 80 or 90°C and equal incom-
ing flow rates of brine and distillate = 0.5 I/min.

The “exp” and “model” in the legends represent experi-
mental results and modeling results, respectively; “80” and
“90” refer to Ty,; = 80°C and T,; = 90°C, respectively.
[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]

GOR. Experimental results of the steady-state temperatures
and production rate have been used to verify the simulation
results. These will be presented in this section.

The local mass-transfer coefficient in a membrane module
depends on both the thermal conditions creating the driving
force of the vapor pressure difference across the membrane
and the complex local fluid flow pattern. These conditions
will vary with the location in the DCMD module. However,
it was found earlier that the simulator for a single DCMD
module predicted the experimental results reasonably well
for a constant membrane mass transfer coefficient, k,,, of
0.0024 kg/(m?* h Pa) over the range of study.® Note that the
temperature increase (for the distillate) or decrease (for the
brine) in a multistage DCMD cascade is expected to be
larger than that in a single DCMD module if the same flow
rates are used. Therefore, it is still necessary to verify
whether this constant value still holds true for the wider
spectrum of the temperatures encountered in a multistage
DCMD cascade. In other words, if the temperature variation
over the entire membrane surface area is small, the local
mass transfer coefficient at any location will be likely to be
close to the overall mass transfer coefficient.

Two-stage cascade experiments were conducted to investi-
gate the variation if any in the membrane mass transfer coef-
ficient with a variation in inlet temperatures. To produce a
measurable quantity of water vapor, the temperature differ-
ence between the brine inlet and the distillate inlet was
maintained in the range of 7-10°C for all experiments. As
shown in Figure 8, the modeling results for the difference
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between the brine inlet and the brine outlet temperature cal-
culated using the constant membrane mass transfer coeffi-
cient of 0.0024 kg/(m* h Pa) describe the experimental data
reasonably well over the entire range of the studied hot brine
inlet temperature (54-90°C). This implies that it is safe to
use the constant value of the overall membrane mass transfer
coefficient in the simulation of a DCMD cascade. The model
predicted a higher difference Ty,; — T}, in the range of 0.5-
1.5°C; most of them are around 1°C. Thermal losses do
reduce the experimental flux and lead to less drop in brine
temperature.

Other experiments with a cascade of two to eight stages
for T,; = 80 or 90°C were conducted to verify the modeling
results. The outlet temperatures of brine/distillate and also
the water vapor production rates were compared with the
modeling results, as illustrated in Figure 9. In spite of the
various operating conditions studied, the errors in the pre-
dicted outlet temperatures are less than 2°C, and those of the
predicted production rates are less than 0.05 kg/h (or 3.5%
of experimental data). It should be mentioned that there
were also fairly small overprediction of distillate outlet tem-
perature and underprediction of brine outlet temperature as
the model of the single DCMD module does. One reason
might be that the developed DCMD cascade simulation pro-
gram uses the single DCMD model for each stage. Probably,
the asymptotic Nusselt number, which is somewhat higher
near the entrance of each module, is responsible for such
systematic errors, and a more detailed computational fluid
dynamics-based calculation may be used to produce better
results. Another reason is the heat loss of brine during the
DCMD experiments especially in the large heat exchanger.
Consequently, the experimental results show a little lower
thermal efficiency and water recovery than the simulation
results. All results indicate that both experimental and mod-
eling results satisfy the energy and the mass balances very
well in spite of the small difference between them.

Maximizing GOR with Operating Parameters

In this section, the model whose predictions were found to
simulate the experimental results well will be used to investigate
the behavior of the DCMD cascade integrated with heat
exchange and to find conditions which maximize GOR. As
shown in Figure 10, for equal inlet flow rates of the brine and
the distillate, increasing the number of stages in a cascade
makes the brine outlet temperature and the distillate outlet tem-
perature approach increasingly the distillate inlet temperature
and the brine inlet temperature, respectively. It is obvious
because the surface area for mass transfer-based heat transfer in
a cascade increases with the number of stages. Likewise, the
fractional water recovery also increases with the number of
stages in a cascade. The GOR consequently increases with the
number of stages because of the lower values of the temperature
of approach and the increasing water vapor production.

Similar effects can be obtained by decreasing the equal
flow rates of Fy; and Fg4;. If one uses lower flow rates, the
residence times of the brine and the distillate in the mem-
brane modules increase. Therefore, Ty, approaches Ty, To o
approaches Ty;, and the fractional water recovery increases
with decreasing flow rate. All effects lead to increasing
GOR.
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(a) Brine outlet temperatures; (b) distillate outlet temperature; (c) fractional water recovery; and (d) GOR for ATyx = 2°C. [Color figure
can be viewed in the online issue, which is available at wileyonlinelibrary.com.]

The inlet temperatures of the brine and the distillate also affect
GOR. If one increases the brine inlet temperature keeping the
distillate inlet temperature constant, the vapor pressure difference
applied across the membrane increases and the fractional water
recovery increases. For example, when T},; increases from 70 to
95°C, for various stage numbers of the membrane modules in the
cascade from 2 to 10 (Ty; = 35°C, Fp; = Fg; = 0.5 I/min, ATyx
= 2°C), although the approach temperature, ATe,q = Tp; — T0r
also increases for fixed membrane surface area, the dominant
effect of the fractional water recovery on GOR leads to an
increase of GOR. Similarly, decreasing the distillate inlet temper-
ature for a fixed brine inlet temperature also increases the frac-
tional water recovery and the approach temperature, Ty,; — Tq0.
In the case when T; decreases from 60 to 34°C, for various stage
numbers of the membrane modules in the cascade from 2 to 10
(Tp; = 90°C, Fy; = F4; = 0.5 I/min, ATyx = 2°C), the approach
temperature shows, however, more dominant effects on GOR
and consequently GOR decreases with a decrease in the distillate
inlet temperature. It is due to the fact that the water vapor pres-
sure change gets smaller by decreasing the temperature of water.
Effects of temperature on the fractional water recovery are quite
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small in the low temperature side. Figure 11 shows such an effect
even more clearly. For this figure, DCMD cascade simulator was
run with a constant Ty, ; — T4; = 55°C. If one increases both brine
inlet temperature and distillate inlet temperature, while keeping
the Ty,; — Tg4; constant, the predicted GOR increases mainly
because of the increasing fractional recovery. Because of the
exponentially increasing water vapor pressure with temperature,
the choice of higher temperature values for the brine and the dis-
tillate leads to higher fractional water recovery.

From Figure 10, it should be noted that AT..q (=Tp; —
T4,) is always larger than Ty, , — Tg4; for fixed inlet tempera-
tures of brine and distillate. As T4, imposes a limit on the
highest temperature of Ty px, after heat recovery, larger
AT.,q implies less possible amount of heat can be recovered.
For equal inlet flow rates of the brine and the distillate, this
particular trend can be explained by the following equation®
with AT, in that reference replaced by AT cycade:

[Tao —Tai] = IZ;ZT

ity
ATcascade +— ATend (14)
mq i
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As ATcascade (: Tb,i - Tb,o) > ATend and mb,i - md,i -
ny, o, + my, for m, > 0, the following inequality holds:

md,i - mv mv
[Tdﬁo - Td,i] = ( : ) AT ascade +—— ATend
mq i mq i
my
- ATcascade - _d (ATcascade - ATend)
<ATcascade - Tb.i - Tb,o- (15)
Therefore,

Too —Ti<Tp; —Tvo or Tp;—Tq0<Tpo—Tai (16)

The above inequality clearly shows that the distillate out-
let temperature cannot approach the brine inlet temperature
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as much as the brine outlet temperature does to the distillate
inlet temperature. This, in turns, implies that water produc-
tion (or fractional water recovery) imposes a limitation to
the heat recovery. Considering both heat recovery and water
production in GOR, there should be a maximum of GOR.
Figure 12 shows such a variation of GOR as a function of the
distillate inlet temperature and the number of stages in a cascade
when the brine and the distillate are introduced into the cascade
at the same flow rate (0.125 1/min). As the distillate inlet tem-
perature approaches the brine inlet temperature, T,; = 95°C,
AT,,q and fractional recovery decrease, which results in GOR
reaching a maxima at T4; = 60°C. For a fixed distillate inlet
temperature, variation of AT,,q with respect to number of stages
in a cascade is somewhat larger than that of the fractional recov-
ery. Therefore, AT.,q plays a major role in varying GOR with
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[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]

respect to number of stages. Also, note that AT,,q is still 2.6°C
even for 10 stages, whereas Ty, , — Tq4; is 0.6°C. It is due to the
fact that water production decreases brine outlet flow rate and
increases distillate flow rate. Balancing outlet flow rates of the
brine and the distillate can even lower the AT,.,q for a fixed
membrane area by minimizing the limitation of temperature
approach imposed by water production.

Figure 13a shows that GOR significantly increases by
such an approach. Introducing the brine inlet flow rate at a
slightly higher level than the distillate inlet flow rate enough
to compensate for the water production, which eventually
increases the distillate outlet flow rate and decreases the
brine outlet flow rate, results in a much smaller AT,,q4, which
results in a GOR almost twice as large. For 10 stages and
6.67 mz/(m3 h) of the specific area based on the distillate,
GOR reaches more than 12 and AT,,q is as low as 0.6°C. It
should be also noted that such significant improvement on
GOR requires little sacrifice of the fractional recovery as
shown in Figure 13b; only 0.2% decrease of the fractional
recovery had taken place using a slightly higher flow rate of
the brine. Obviously, AT.,q can be even lower for the fixed
number of stages by further increasing the flow rate of the
brine. An experimental result for DCMD of an eight-stage
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cascade (in Figure 13c) shows that GOR could reach close
to 6 when Fy,; = 0.5 l/min, Fg; = 0.43 I/min, T,; = 90°C,
and T4; = 42-50°C. (Higher values were not reached
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Figure 13. (@) Modeling results of GOR, (b) modeling
results of fractional recovery and AT,,.q, as a
function of distillate inlet flow rate and number
of stages, N, when T,; = 95°C, T4; = 60°C,
AThx = 2°C, and the inlet flow rate of the distil-
late = 0.125 I/min, (c) Experimental results of
GOR vs. distillate inlet temperature for DCMD
of an eight-stage cascade when T,; = 90°C,
inlet flow rate of brine = 0.5 I/min, and inlet
flow rate of distillate = 0.43 I/min.

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]
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[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]

because of heat losses to the environment.) However, much
higher inlet flow rate of the brine than that of the distillate
causes significant drop of the fractional recovery, and conse-
quently, it leads to a decrease of GOR.

For the case of different incoming flow rates of brine and dis-
tillate (here, mp; = 0.5 /min, T,; = 78°C, Ty; = 44.8°C, and
ATyx on brine side is assumed to be 2°C), the simulated effects
of distillate inlet flow rates on the fractional recovery and GOR
are illustrated in Figure 14. They show that there is a maximum
point of GOR in the curve of GOR vs. distillate flow rate for a
variety of cascade stage numbers. The maximum value of GOR
depends on the distillate flow rate. When the distillate flow rates
are too low, the temperature difference between the brine inlet
temperature and the distillate outlet temperatures is very close,
which leads to a tiny difference in the water vapor pressure
between the brine side and distillate side for part of the cross-
flow hollow fiber membrane module. The direct result is that
the water vapor flux is low leading to low fractional recovery, as
shown in Figure 14a. When the distillate flow rate is higher,
AT.,q increases; with the increase of AT,,q, the fractional recov-
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ery increases. This is similar to that for a single-stage DCMD.
However, there are two stages for the change of both water re-
covery and AT,.,4. With the increase in the distillate flow rate,
the water vapor recovery increase is slower, whereas AT.,q
increases faster. Because the GOR depends on both the water re-
covery and AT,,q as shown in Eq. 1, there appears to be a maxi-
mum point for GOR. When the distillate flow rate is lower than
0.25 1/min, there is no difference in R or AT,,q between cas-
cades with different stages. Consequently, GOR shows no big
difference for cascades with different stages when the distillate
flow rate is lower than 0.25 1/min. When the distillate flow rate
is higher than 0.25 I/min with the increase of stages in the cas-
cade, the water vapor flux increases and AT,,q decreases. Con-
sequently, more stages in the cascade help to improve the GOR
value. This trend of the dependence of GOR on the number of
stages in the cascade is the same with the case in which the dis-
tillate and the brine have the same flow rates.

Concentrating Artificial Sea Water in a
Countercurrent Cascade of DCMD
Cross-Flow Modules

Saturation indices for gypsum, anhydrite, and calcite as
functions of concentration times of artificial sea water at a
temperature of 80°C are shown in Figure 15. The results
were calculated using a thermodynamics simulation software
(OLI StreamAnalyzer). This figure shows that the nucleation
process for calcite might start at the beginning of the experi-
ment as the SI value of calcite in the artificial sea water at
80°C is 3. The SI value of the calcite exhibits a maximum
value of 12 at concentration factor of 6. For CaSO, in the
hot feed, SI value for either gypsum or anhydrite keeps
increasing with the concentration times. When the artificial
sea water is concentrated eight times, the SI for gypsum and
anhydrite is 2 and 6, respectively.

12
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Figure 15. Saturation indices for gypsum, anhydrite,
and calcite, respectively, vs. concentration
times of artificial sea water at temperature
= 80°C and pressure = 1 atm obtained from
the software of OLI StreamAnalyzer.

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]
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Figure 16. Concentrating artificial sea water with the
modified setup of Figure 5b.

(a) Water vapor production rates (N,) vs. time; (b) distillate
conductivities or [Ca] in the brine feed vs. time. The four-
stage cascade was used here. Other experimental conditions
include: Ty,; = 76°C, Tq; = 43°C, Fy,; =490 ml/min, and
Fg4; =490 ml/min. [Color figure can be viewed in the online
issue, which is available at wileyonlinelibrary.com.]

The first trial experiments with artificial sea water contain-
ing the scaling salts were conducted with the cascade setup
shown in Figure S5a. It was found that a large amount of
white deposits covered the heating coil soon after the feed
solution was heated up. Because of high local temperature
around the electrical heating coil immersed in the feed, cal-
cite precipitated directly onto the heating coil before being
fed to the module. Then, membrane fibers were exposed to
much lower concentration of calcium ions than that in initial
feed, which prevented evaluation of membrane performance
with high concentrations of scaling salts. Therefore, the
experiment was conducted with the modified setup (Figure
5b) where indirect heating method was applied. The experi-
mental operating conditions were as follows: Ty,; = 76°C,
Ty; = 43°C, Fp; =490 ml/min, and Fgy; = 490 ml/min.

Figure 16a shows the production rate of the water vapor with
time and the concentration times of the artificial sea water. After
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the brine temperature reached a steady temperature of 76°C, the
water vapor flux was stable until the artificial sea water was con-
centrated about three times; beyond this volume concentration
factor (VCF = 3), the flux started decreasing slowly. By the time
that the artificial sea water was concentrated eight times, the
water vapor production rate had declined to 65% of the original
steady-state production rate. It is obvious that the increased con-
centration of the solutes will decrease the vapor pressure of
water, which drives the water vapor flux. For example, the values
of the vapor pressure for NaCl solutions of 34.4 and 130 salinity
at 80°C are 348.5 and 324.5 mm Hg, respectively.21 In spite of
high concentration factor, cleaning the membranes with diluted
acid and NaCl solution restored the water vapor flux to more
than 95% of the original value.* It shows that such flux decline
due to high concentration factor does not imply irreversible
membrane destruction or deformation. It proves the high stability
of our DCMD process operation with highly concentrated brines.

Figure 16b shows the distillate conductivity during the
membrane distillation process. The distillate conductivity
decreased with time as expected because the produced pure
water (which was mixed with the original cold distillate)
was purer than the initial cold water in the distillate tank.
Even when the concentration time reached 8, the distillate
conductivity still kept on decreasing.

Figure 16b also illustrates the variation of calcium concen-
tration in the feed with time. With the evaporation of water
across the membrane pores, the concentration of calcium ion
in the feed increased with time. At around 750 min, the feed
solution has been concentrated eight times, but the solution
calcium concentration appeared to be concentrated three times.
That was because a large amount of crystals deposited onto
the membrane module onto the inner wall of the feed tank
and also on some other surfaces where the hot feed was pass-
ing through, as soon as the supersaturation level was reached
(SI > 1) initiating nucleation of calcite, gypsum, etc.

Note that scaling experiments presented in this article
were conducted with no intensive pretreatment which RO
desalination process requires with such a concentrated feed
condition. These experimental results prove the high opera-
tional stability of the cross-flow cascade of the fluorosili-
cone-coated polypropylene hollow fiber membrane modules
as reported in Refs. 8—10. Such high stability will benefit
both CAPEX and OPEX of the desalination process.

Concluding Remarks

(1) An integrated DCMD-HX process using cross-flow
DCMD modules and a solid polymeric hollow fiber-based
heat exchanger was successfully developed and experimen-
tally demonstrated.

(2) High values of thermal efficiency, fractional water re-
covery, and GOR were demonstrated experimentally.

(3) A novel numerical simulator was developed to simu-
late the performances of a cross-flow DCMD cascade with
heat exchange and verified experimentally. The simulations
used pure water vapor pressure as the experiments carried
out to verify the simulations used tap water. Experiments
provided good verification of the simulation.

(4) Modeling results revealed that the highest GOR could
be achieved using unequal inlet flow rates of the brine and
distillate. The numerical simulator predicts a GOR of 12
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when unequal flow rates of the incoming brine and distillate
streams are used.

(5) Artificial sea water was concentrated eight times success-
fully with a countercurrent cascade composed of four stages of
the DCMD modules and a heat exchanger, which proves high
stability of process even with no intensive pretreatment.
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Notation

A, = area ratio for feed side of fiber (d,/d;)
Aq = area ratio for permeate side of fiber (d/d;)
Apjn = logarithmic membrane area ratio for fiber (d;,,/d;)
ay = activity of metal cation
ax = activity of metal anion
a = specific area, m>/(m>/h)
Cp = concentration of salt in bulk solution
Cp = heat capacity
DCMD = direct contact membrane distillation
D; = diffusion coefficient of species i
d; = hollow fiber inner diameter
diy, = logarithmic mean diameter of hollow fiber, (d, — d;)/In(d,
<d)
d, = hollow fiber outside diameter
GOR = gained output ratio
hy, = heat transfer coefficient for hot feed brine
h, = membrane heat transfer coefficient
hyq = heat transfer coefficient on the distillate side
hmg = heat transfer coefficient of the gas phase in the porous
membrane
hms = heat transfer coefficient of the solid phase in the porous
membrane
H, = reference state specific enthalpy of the brine
i = inlet, ith stage in a cascade, ith module in a multimodule
cascade or stage
J = volumetric flux, m*/(m? s)
J = jth stage in a multilayer DCMD module, jth module in a
multimodule cascade or stage
kyn = mass transfer coefficient, kg/(m2 h Pa)

K, = solubility product corresponding to equilibrium solution
concentration
= thermodynamic  solubility — product corresponding to

equilibrium solution activities

L = length of a hollow fiber

m,,, = weight loss of make-up pure water, g
my; = hot brine flow rate into DCMD unit
My, = hot brine flow rate out of DCMD unit
mq; = distillate flow rate into DCMD unit
g, = distillate flow rate out of DCMD unit

my¢ = fresh brine flow rate
i = rejected brine flow rate

my, = distillate production rate
n; = number of fibers in the jth layer

N, = mass flux of water vapor across the membrane, kg/(m2 S)
Pom = partial pressure of water vapor at feed membrane interface
Pam = partial pressure of water vapor at permeate membrane

interface

Qi, = brine water heat duty
Q(x) = rate of heat transfer to membrane at any location

Re = Reynolds number

Sc¢ = Schmidt number

Sh = Sherwood number

SI = saturation index
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T = temperature
T, = reference state temperature
T\, = brine bulk temperature

Tv.ux,; = brine temperature entering the heat recovery heat exchanger
Toux,o = brine temperature exiting from the heat recovery heat
exchanger

Ty, = brine inlet temperature to DCMD
Ty,m = brine temperature at the membrane surface
Ty.o = brine outlet temperature from DCMD
T4 = distillate bulk temperature
Tanx,; = distillate temperature entering the heat recovery heat
exchanger
Tanx,o = distillate temperature exiting from the heat recovery heat
exchanger
T4; = distillate inlet temperature to DCMD
T4m = distillate temperature at the membrane surface
T4, = distillate outlet temperature from DCMD
Tt = temperature of the fresh brine feed
Vi = brine inlet flow rate, ml/min
Va; = distillate inlet flow rate, ml/min
Z = ion charge (algebraic)
ATgng = To; — Tao
ATslage = Tb,i - Tb,(v
ATyx = Tao — Tonxo
ATpemp = (T — Tao)pemp
o = surface area of the distillate in jth stage of cascade per unit
length (n;md;)
n = thermal efficiency
p = density
Y4/~ = mean ionic activity coefficient of calcium sulfate in the
supersaturated solution
Y4+/—eq = Mean ionic activity coefficient of calcium sulfate in the
saturated solution
v = represent the stoichiometric coefficients involved in the
ionic dissociation process, v = v, + v_
& = membrane porosity
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